Solar concentrators employed in conjunction with highly efficient micro-and meso-channel reactors offer the potential for cost-effective upgrading of the energy content of natural gas, providing a near-term path towards a future solar-fuel economy with reduced carbon dioxide emissions. To fully exploit the heat and mass transfer advantages offered by micro-and meso-channel reactors, highly active and stable natural gas steam reforming catalysts are required. In this paper, we report the catalytic performance of MgAl 2 O 4 -supported Rh (5 wt.%), Ir (5 wt.%), and Ni (15 wt.%) catalysts used for steam reforming of natural gas. Both Rh-and Ir-based catalysts are known to be more active and durable than conventional Ni-based formulations, and recently Ir has been reported to be more active than Rh for methane steam reforming on a turnover basis. Thus, the effectiveness of all three metals to perform natural gas steam reforming was evaluated in this study. Here, the Rh-and Ir-supported catalysts both exhibited higher activity than Ni for steam methane reforming. However, using simulated natural gas feedstock (94.5% methane, 4.0% ethane, 1.0% propane, and 0.5% butane), the Ir catalyst was the least active (on a turnover basis) for steam reforming of higher hydrocarbons (C 2+ ) contained in the feedstock when operated at <750 • C. To further investigate the role of higher hydrocarbons, we used an ethane feed and found that hydrogenolysis precedes the steam reforming reaction and that C-C bond scission over Ir is kinetically slow compared to Rh. Catalyst durability studies revealed the Rh catalyst to be stable under steam methane reforming conditions, as evidenced by two 100-hour duration experiments performed at 850 and 900 • C (steam to carbon [S/C] molar feed ratio = 2.0 mol). However, with the natural gas simulant feed, the Rh catalyst exhibited catalyst deactivation, which we attribute to coking deposits derived from higher hydrocarbons contained in the feedstock. Increasing the S/C molar feed ratio from 1.5 to 2.0 reduced the deactivation rate and stable catalytic performance was demonstrated for 120 h when operated at 850 • C. However, catalytic deactivation was observed when operating at 900 • C. While improvements in steam reforming performance can be achieved through choice of catalyst composition, this study also highlights the importance of considering the effect of higher hydrocarbons contained in natural gas, operating conditions (e.g., temperature, S/C feed ratio), and their effect on catalyst stability. The results of this study conclude that a Rh-supported catalyst was developed that enables very high activities and excellent catalytic stability for both the steam reforming of methane and other higher hydrocarbons contained in natural gas, and under conditions of operation that are amendable to solar thermochemical operations.
Introduction
Approximately 95% of industrial hydrogen in the United States is currently produced through natural gas reforming [1, 2] . The product of natural gas reforming is a mixture of H 2 , CO, and CO 2 , (referred to as syngas), which is a versatile and useful feedstock for producing a number of industrially relevant chemical commodities such as methanol, dimethyl ether [3] , and Fischer-Tropsch products [4, 5] . Natural gas reforming involves a series of reactions: 2 (1)
Reaction 1 is the steam methane reforming (SMR) reaction, which is endothermic and therefore requires high temperatures (e.g., 600-850 • C) for operation. Reaction 2 is the reaction for steam reforming of higher hydrocarbons (C 2+ ). Both the SMR (Reaction 1) and water-gas-shift (Reaction 3) reactions are subject to thermodynamic equilibrium. Supported metal catalysts (e.g., Rh, Ru, and Ni metals supported on alumina or alumina spinel type formulations) are typically employed for steam reforming reactions [6, 7] .
Solar concentrators are a prospective method to provide the thermal requirements necessary to carry out the reforming process, with the added advantage of reduced carbon dioxide emissions since fossil fuel is not used to generate process heat [8] [9] [10] . Pacific Northwest National Laboratory has demonstrated an integrated solar thermochemical reaction system that combines solar concentrators with micro-and meso-channel reactors and heat exchangers that accomplish more than 20% solar augment of methane higher heating value. Further, a solar-to-chemical energy conversion efficiency slightly over 70% has been achieved [8] . At PNNL, the solar concentrators being utilized include those that provide concentration ratios high enough to achieve the temperatures required for methane steam reforming. These include parabolic dish concentrators and central receivers [8] . PNNL solar reformers typically operate in the 700-800 • C temperature range-with some portions of the reactor falling to less than 700 • C near the entry point to the reaction channel. PNNL solar reformers start reacting at modestly high temperatures (>600 • C) and exit the catalyst zone at substantiality at higher temperatures [8] . Typical steam/carbon (S/C) molar feed ratios utilized are in the 2.5-3.0 range. We routinely achieve 90% or greater conversion in on-sun testing under these conditions [8] . Catalysts used in these highly efficient compact reactors must meet the following requirements:
• They must be active over a wide range of operating temperatures, which are largely dictated by efficiency of the solar collector and local solar irradiance.
•
To facilitate small reactor footprints, they must operate at high throughput rates. • They must work under continuous shutdown cycles (i.e., sun/shade).
To reduce energy requirements for steam vaporization, they must operate with reduced steam concentrations (e.g., low S/C molar ratios). • They must tolerate temperature and gas composition changes caused by abrupt variations in local conditions.
Conventional Ni-based steam reforming catalysts have drawbacks pertaining to activity and durability that make them unsuitable for solar-driven applications. Noble metal-based catalysts, while generally more expensive than Ni-based catalysts, offer higher catalytic activities that enable faster throughput rates and smaller reactor hardware [11] . Furthermore, catalyst durability is improved, with reduced sintering and deactivation by coke when operating at the high temperatures required for typical operation [9] . Additionally, we note how, unlike with conventional fixed-bed reactor systems, with microreactors the use of more expensive precious metal catalysts may be made economical. Monolith-type substrates utilizing highly active catalysts are integrated in microreactors to minimize Table 1 . Catalyst physiochemical characterization. Scanning transmission electron microscopy (STEM) images for the Ir and Rh catalysts are included in the supplementary information ( Figure S1 ).
Catalyst
Metal [20] 5.0 2.0 117 15Ni/MgAl 2 O 4 [21] 15.0 6.6 86 a Brunauer-Emmett-Teller method. Figure 1 shows TPR profiles for the Rh-, Ir-, and Ni-supported catalysts used in this study. Results indicate an easier reduction for Rh with a single reduction peak at 112 • C. Ni requires the highest temperature to reach a similar reduction level (peak centered at 725 • C) and shows evidence of at least two reduction stages (shown by overlapping peaks). The Ir catalyst shows several reduction stages at 168, 220, 253, and 613 • C. For all the three catalysts (Rh, Ir, and Ni) after 800 • C was reached, no further hydrogen was chemisorbed, indicating a total (or near total) reduction of the metal clusters. However, the temperature needed to produce reduced metal clusters (measured by hydrogen consumption) varied significantly. Results in the literature suggest Rh disperses very well on a wide variety of supports, with low temperature single peaks being characteristic for Rh [39, 40] , thus corroborating our results. The several reduction stages required for Ir can be ascribed to a broader particle size distribution or a broad distribution of oxidation states. Reports in the literature indicate that smaller Ir particles require a higher reduction temperature compared to those for larger particles [41, 42] . Nevertheless, the reduction of Ir-based catalysts is a relatively complex phenomenon that largely depends on the processing conditions and thermal history of each sample (Ir reduction is an autocatalytic process and IrO x are volatile species detrimental to metal dispersion) [43] . The Ni catalyst TPR profile also is consistent with literature results for catalysts with a similar particle size (6 nm) [44, 45] . Before reaction catalysts are reduced at 850 • C for 16 h in order to ensure a degree of reduction for the metal clusters. We note that in our prior reports we have shown how the MgAl 2 O 4 -supported Ir, Rh, and Ni clusters are fully reduced when the catalyst was reduced under hydrogen at 850 • C. However, we note that the total reduction cannot be determined, especially for Ni (because of its lower dispersion), when under operando conditions. H 2 activation, adsorption strength relative to carbon, and coverage on metal surfaces are important metrics for steam reforming relevant reactions [33, 41, 46] . However, obtaining accurate characterization under operando conditions presents technical and experimental challenges. In an attempt to study H 2 adsorption capacity relative to metal active area, we combined volumetric H 2 adsorption at 600 • C (as representative of reforming conditions) with metal dispersion, as determined from metal particle sizes revealed by the STEM imaging (2 nm, 1 nm, and 7 nm for the Rh, Ir, and Ni, respectively) [20, 21] . The H 2 adsorption data presented in Figure 2 was calculated as H-coverage evolution (mol H / mol Msurf , M= Rh, Ir, Ni) for accumulated H 2 added (by pulses) into the adsorption cell (µmol). These adsorption results indicate that bare Rh and Ir surfaces adsorb H 2 completely until saturation, which is indicated Catalysts 2019, 9, 801 5 of 19 by the inflexion point and the asymptotical part of the plots (after adding~40 and~20 mmol of H 2 , respectively). Saturation is reached at coverages of H-M surf of 1 and 0.7 for Rh, and Ir, respectively, which indicates a surface stoichiometry of 1:1 (H:Rhs urf ) and 0.7:1 (H:Ir Surf ). In the case of Ni, the adsorption pattern is dissimilar in three main aspects: (1) H-uptake is low (0.2 mol H /mol Nisurf ) compared to Rh or Ir, (2) there is no clear inflexion point for the adsorption curve, and (3) the calculated stoichiometry H-Ni surf is low (only 20% of surface nickel atoms adsorb hydrogen). H 2 -uptake at 800 • C is lower compared to the uptake at 600 • C (data shown Figure S2 ). At 800 • C, hydrogen saturates the metal surfaces at 1:1 (Rh), 0.5:1 (Ir), and 0.08:1 (Ni).
Catalysts 2019, 9, H2 activation, adsorption strength relative to carbon, and coverage on metal surfaces are important metrics for steam reforming relevant reactions [33, 41, 46] . However, obtaining accurate characterization under operando conditions presents technical and experimental challenges. In an attempt to study H2 adsorption capacity relative to metal active area, we combined volumetric H2 adsorption at 600 °C (as representative of reforming conditions) with metal dispersion, as determined from metal particle sizes revealed by the STEM imaging (2 nm, 1 nm, and 7 nm for the Rh, Ir, and Ni, respectively) [20, 21] . The H2 adsorption data presented in Figure 2 was calculated as H-coverage evolution (molH/ molMsurf, M= Rh, Ir, Ni) for accumulated H2 added (by pulses) into the adsorption cell (µmol). These adsorption results indicate that bare Rh and Ir surfaces adsorb H2 completely until saturation, which is indicated by the inflexion point and the asymptotical part of the plots (after adding ~40 and ~20 mmol of H2, respectively). Saturation is reached at coverages of H-Msurf of 1 and 0.7 for Rh, and Ir, respectively, which indicates a surface stoichiometry of 1:1 (H:Rhsurf) and 0.7:1 (H:IrSurf). In the case of Ni, the adsorption pattern is dissimilar in three main aspects: 1) H-uptake is low (0.2 molH/molNisurf) compared to Rh or Ir, 2) there is no clear inflexion point for the adsorption curve, and 3) the calculated stoichiometry H-Nisurf is low (only 20% of surface nickel atoms adsorb hydrogen). H2-uptake at 800 °C is lower compared to the uptake at 600 °C (data shown Figure S2 ). At 800 °C, hydrogen saturates the metal surfaces at 1:1 (Rh), 0.5:1 (Ir), and 0.08:1 (Ni). Figure 2 . Hydrogen surface saturation curves over MgAl2O4-supported Rh (blue), Ir (green), and Ni (red) catalysts at 600 °C. Coverage was calculated using accumulated H2-uptake and metal dispersion data obtained from STEM imaging ( Table 1 ). 50 mg of catalyst was calcined before analysis and reduced at the conditions used in the catalytic experiments (16 h at 850 °C, 100 mL/min, 10% H2 in N2). H2 was pulsed using a 100 µL gas loop.
The physicochemical characterizations of the catalysts shown in this section are significant for the following reasons:
• STEM characterization shows that high dispersion that can be achieved with Rh and Ir catalysts supported on MgAl2O4 compared to Ni. The physicochemical characterizations of the catalysts shown in this section are significant for the following reasons:
• STEM characterization shows that high dispersion that can be achieved with Rh and Ir catalysts supported on MgAl 2 O 4 compared to Ni. • TPR characterization showed that, associated with a greater dispersion, reducibility is enhanced, particularly for Rh where TPR profiles indicate a narrower particle size distribution and full reduction at low temperatures (broad single peak centered at 112 • C). • H 2 adsorption demonstrated that surface stoichiometry for H 2 on metal surfaces can vary greatly under reforming conditions.
We found that while full surface coverage with a stoichiometry 1:1 H-Rh surf can be achieved at reforming temperatures in the 600-800 • C range for the Rh catalyst, this coverage is significantly lower for Ir (0.7:1 H-Ir surf ) and even lower for Ni (0.2:1 H-Ni surf ).
Steam Reforming Activity Comparison Using Natural Gas Simulant
Steam reforming using a simulant gas mixture representative of natural gas (94.5% methane, 4% ethane, 1% propane, 0.5% butane) was performed over MgAl 2 O 4 -supported 5% Ir and 5% Rh catalysts. Conversion of methane and ethane is plotted separately and shown in Figure 3 (propane conversion in Figure S3 ). Short contact times (τ = 4.5 ms) favor low conversion levels. In the 600-875 • C temperature range, methane conversion follows a linear trend for both catalysts (Figure 3a ). In spite of similar methane conversion, conversion of ethane ( Figure 3b ) and propane ( Figure S3 ) is significantly lower for the Ir catalyst in the lower temperature range (<750 • C). These differences in activity are important for two main reasons: (1) gas feeds with higher concentration of C 2+ hydrocarbons lower the overall performance of Ir-based catalysts (more hydrocarbons remain unreacted) and (2) hampered hydrocarbon hydrogenolysis/reforming activity is an indication that the underlying mechanism is different for Ir compared to Rh in spite of similar methane reforming activity. We note that the methane conversions presented in Figure 3a are below those of equilibrium (with the equilibrium conversions indicated with the dotted line). We also note that the equilibrium ethane conversion shown in Figure 3b is near completion for the entire range of conditions investigated. (with the equilibrium conversions indicated with the dotted line). We also note that the equilibrium ethane conversion shown in Figure 3b is near completion for the entire range of conditions investigated. We note that H2/CO ratio is an important metric for reforming catalysts when the steam reforming reaction is integrated to downstream processes. In practice, several strategies can be used to tune the H2/CO ratio of the reforming product (e.g., decreased S/C ratio during SMR, CO2 recirculation, incorporating an additional WGS step) towards reactions of interest (e.g., Fischer-Trospch). The H2/CO ratio for RhMgAl2O4 was evaluated over a wide range of We note that H 2 /CO ratio is an important metric for reforming catalysts when the steam reforming reaction is integrated to downstream processes. In practice, several strategies can be used to tune the H 2 /CO ratio of the reforming product (e.g., decreased S/C ratio during SMR, CO 2 recirculation, incorporating an additional WGS step) towards reactions of interest (e.g., Fischer-Trospch). The H 2 /CO ratio for RhMgAl 2 O 4 was evaluated over a wide range of conversions (20%-100%) at the range of operative temperatures of SMR in solar thermochemical applications (600-800 • C) by changing the contact time of the methane stream (for τ values from 1.2 to 10 ms) at a constant S/C ratio (S/C = 3). Results for conversion vs. temperature, and H 2 /CO ratio vs. conversion are presented in the supplementary information as Figure S8 . Interestingly, Figure S8 shows that independently on the temperature, H 2 /CO ratio decreases exponentially with methane conversion reaching a minimal value of 5 at the highest conversion (ca. 100%). This will lead to the conclusion that WGS equilibrium determines the resulting H 2 /CO ratio. As the H 2 partial pressure increases as an effect of higher reforming conversion, more CO is formed through the reverse water gas shift reaction (RWGS, CO 2 + H 2 →CO + H 2 O).
Methane and Ethane Steam Reforming Activity Comparison
Based on the results described above, the Ir catalyst shows lower activity than Rh towards the steam reforming of higher hydrocarbons. With the aim of gaining knowledge on fundamental differences between the different hydrocarbon constituents, we performed a set of separate experiments using either methane or ethane feed. Figure 4 shows the metal surface normalized catalytic rate (moles CH4 /mol metal *s) for the steam reforming of methane and ethane for the Rh, Ir, and Ni supported catalysts as a function of temperature. These results show that for the Ir catalyst, the ethane steam reforming rates ( Figure 4b ) are significantly lower compared to methane steam reforming rates ( Figure 4a ). For the Rh and Ni catalysts, ethane conversion is more facile than methane conversion. Over typical metal supported catalysts activation of the initial C−H bond of methane is more difficult than for ethane [47] . Dehydrogenation of the initial C−H and the creation of C radical + H for ethane is slightly more favorable than for methane (C−H bond strength 101 vs. 105 kcal/mol, respectively). Further, the C−C bond of ethane is much weaker (90.1 kcal/mol) [48] . These differences between methane and ethane typically make ethane more reactive than methane. Few literature studies can be used to make a direct comparison or to determine trends with respect to reactivity of methane vs. ethane reforming because most studies use methane as the only model reactant. Specific studies on ethane reforming have yielded contradictory results depending on the metal used as the catalyst. On one hand, Schädel et al. [35] showed that over Rh, ethane reacts faster than methane, which is consistent with our findings for Rh and Ni catalysts. On the other hand, Graf et al. [34] reported that over Pt, methane reforming occurs the fastest, which is similar to our findings for Ir. Over typical metal supported catalysts activation of the initial C-H bond of methane is more difficult than for ethane [47] . Dehydrogenation of the initial C-H and the creation of C radical + H for ethane is slightly more favorable than for methane (C-H bond strength 101 vs. 105 kcal/mol, respectively). Further, the C-C bond of ethane is much weaker (90.1 kcal/mol) [48] . These differences between methane and ethane typically make ethane more reactive than methane. Few literature studies can be used to make a direct comparison or to determine trends with respect to reactivity of methane vs. ethane reforming because most studies use methane as the only model reactant. Specific studies on ethane reforming have yielded contradictory results depending on the metal used as the catalyst. On one hand, Schädel et al. [35] showed that over Rh, ethane reacts faster than methane, which is consistent with our findings for Rh and Ni catalysts. On the other hand, Graf et al. [34] reported that over Pt, methane reforming occurs the fastest, which is similar to our findings for Ir. Similar trends, where ethane reactivity is higher compared to methane, have been found in other metal-catalyzed reactions such as ethane combustion [49] and ethane hydrogenolysis over Pt and Pd [50] . Interestingly, Figure 3b also shows that the Ir catalyst is relatively inactive at low temperatures but then the catalytic rates quickly accelerate at higher temperatures (>750 • C). This rapid transition from 'inactive' to 'active' prompted our study to pursue a more detailed understanding for ethane reactivity over Ir catalyst. The following section is dedicated to hypothesizing the possible reason(s) behind the low reactivity of ethane over Ir catalysts at temperatures lower than 750 • C.
Ethane Steam Reforming over Rh vs. Ir: Mechanistic Insights
Results shown in Figure 4 indicate that over Ir catalyst at 600 • C, surface normalized ethane reforming rates (0.6 s −1 ) are much slower compared to methane reforming rates (3 s −1 ). This difference in catalytic rate could be attributed to several factors: (1) potential formation of carbon deposits over Ir surface when ethane is fed, (2) decreased number of active sites due to competitive adsorption (e.g., ethyl, O, OH, H, C 1 , and C 2 species), and the (3) chemical identity of the metal and its bonding characteristics. To compare hydrocarbon reactivity over metal surfaces, catalytic measurements should be performed under the same coverage [51] ; however, this comparison is not always easy to achieve. As a simplified approach to compare ethane reforming activity over Ir vs. Rh, we performed catalytic measurements at 600 • C using the same concentration of ethane in the gas over similar amounts of metal exposed ( Table 2 ). The average Rh cluster size (2 nm) was twice that of the Ir cluster (1 nm); however, the Ir molecular weight (192 g/mol) is twice that of Rh (103 g/mol). Thus, the amount of exposed metal is similar for both catalysts on a molar basis. With similar number of exposed metal sites, the observed product selectivity and associated reaction rates should be determined by the underlying chemical reaction mechanism. Shown in Table 2 are ethane steam reforming results using the Rh-and Ir-supported catalysts. For both catalysts steady state is reached after 15 min, and catalytic activity is reported after 1 h and 2 hours' time-on-stream (see Figure S4 ). The main reaction products detected by gas chromatography analysis include H 2 , CO 2 , CO, methane, and ethylene. Reactivity of ethane over Rh is different than Ir in four main aspects: (1) conversion is significantly higher (60% vs. 8%), over a similar exposed metal surface area, (2) ethylene formation is markedly lower (50 ppm vs. 2000 ppm), (3) post mortem analysis showed significant less accumulated carbon, and (4) methane is the main reaction product (methane selectivity of 32% vs. 9.6%).
Methane is the primary hydrocarbon product over Rh when under ethane steam reforming conditions. Methane can be formed as a hydrogenation product of CO or CO 2 [33] or as a product of ethane hydrogenolysis (according to the Sinfelt-Taylor mechanism) [52, 53] . These two reactions are related and depend on the metal's carbon/hydrogen adsorption characteristics and its ability to breakdown adsorbed C 2 radicals [54] . In Section 3.1 we reported marked differences in H 2 adsorption and coverage for the Rh catalyst vs. Ir or Ni. Although the H 2 adsorption experiment does not allow comparison for H/C adsorption, they demonstrate improved H retention for the Rh catalyst. This is a particularly useful property that favors the aforementioned methane formation mechanisms (hydrogenation of CO/CO 2 species and hydrogenolysis of ethane) under reforming conditions. Parallel to methane formation, the presence of ethylene product is an indicator of formation (and slow decomposition) of ethyl radicals on the catalyst surface. Higher formation of ethylene over the Ir catalyst is a strong indicator that the overall catalytic ethane reforming rate is hampered by a slow C-C bond scission capacity compared to Rh.
The marked difference in conversion for the Ir and Rh catalysts shown in Table 2 makes it difficult to fairly compare product selectivity. Conversion for the Ir catalyst was increased, by increasing the contact time (from 28 to 166 ms), to compare product selectivity at similar conversion levels. As shown in Figure 5 , under these conditions methane is the main reaction product for both catalysts (60% vs. 30% methane selectivity for Ir and Rh, respectively), with CO and CO 2 also being produced as main products, and ethylene being produced via incomplete decomposition of ethane. Figure 5c shows changes in selectivity as a function of change in contact time over the Ir catalyst. Methane selectivity increases as ethane conversion increases (selectivity towards methane increases from 8 to 31% for ethane conversion increasing from 8 to 50%). Interestingly, selectivity towards ethylene formation decreases as the conversion increases (2 to 0.6%), which is significantly higher than selectivity towards ethylene over the Rh catalyst at a similar conversion (0.02%, Insert in Figure 5c ). These changes in product selectivity-increased methane and decreased ethylene-at higher ethane conversion levels can be explained in a scenario where C-C bond scission forming methane is the main and primary route for ethane decomposition before reforming reactions (CO and CO 2 formation) take place, and is similar for both metals ( Figure S5 ). These observations for ethane reforming over Ir compared to Rh (higher ethylene formation, lower selectivity towards methane) can be combined to suggest that hydrogenolysis of ethane is relatively slow over Ir and facile over Rh. This hypothesis is additionally supported with several control experiments performed over Ir catalyst and summarized into the following four main points: 1) Ethane steam reforming rate does not increase with higher S/C ratios. A wide range of S/C ratios were used to eliminate oxidation (reforming steps) as being responsible for the lower reaction rate on Ir (S/C up to 10). This is illustrated in Figure 6 . This result is consistent with kinetic literature studies reporting that the reforming reaction is independent of the partial water pressure (zero order with respect to water) [36] . These observations for ethane reforming over Ir compared to Rh (higher ethylene formation, lower selectivity towards methane) can be combined to suggest that hydrogenolysis of ethane is relatively slow over Ir and facile over Rh. This hypothesis is additionally supported with several control experiments performed over Ir catalyst and summarized into the following four main points:
(1) Ethane steam reforming rate does not increase with higher S/C ratios. A wide range of S/C ratios were used to eliminate oxidation (reforming steps) as being responsible for the lower reaction rate on Ir (S/C up to 10). This is illustrated in Figure 6 . This result is consistent with kinetic literature studies reporting that the reforming reaction is independent of the partial water pressure (zero order with respect to water) [36] . (2) Low activity over Ir catalyst is not caused by coke formation. In spite of higher carbon content on Ir spent catalyst ( Table 2) , coke (or at least hard coke) is not formed. A series of control experiments showed that high activity is consistently low for ethane reforming after repeated methane/ethane cycles (see Table S1 ). (3) Lower ethane partial pressure increases catalytic conversion. This is consistent with hydrocarbon hydrogenolysis literature reporting that hydrocarbons equilibrate with metal surfaces by sequential dehydrogenation steps. As a consequence, a lower ethane partial pressure (from 14 to 8 mol %) causes a lower coverage that increases the number of active sites (ethane conversion increases from 10 to 47%). (4) Ethane reforming over Ir supported on Al 2 O 3 shows similar trends. Ir supported by Al 2 O 3 is active for methane reforming; however, ethane steam reforming is severely hampered. Ir supported on alumina has a bigger particle size (4 nm) [20] .
Catalysts 2019, 9, x FOR PEER REVIEW 11 of 19 that co-feeding hydrogen prevents coke formation better than water does [59] . Regarding the activation of the oxidant (e.g., steam), it is been largely reported that methane has zero order dependence on water (or CO2). This indicates that after C−H activation, all the catalytic steps, including dehydrogenation of CHx species, CO/CO2 formation, and WGS reaction, should have no kinetic relevance.
To study the influence that the concentrations of reactants have in catalytic rate, we varied ethane and water concentrations in the gas feed at 600 °C. Kinetic results for catalytic rate vs. partial pressure are shown in Figure 6 . Calculated reaction orders for both ethane and water and activation energies are shown in Table 3 . The reation order to ethane is less than one and zero or near zero to water. For methane steam reforming, the reaction is first order to methane, and the rate limiting steps have been found to be adsorption and activation of the C−H bond [36] . Thus, there is less dependance of hydrocarbon partial pressure on reaction rate for ethane steam reforming than for methane steam reforming. The results presented in Table 2 indicate that the Ir catalyst accumulated more carbon on the surface than Rh after the ethane reforming reaction at 600 °C; this presumably is due to a slower C−C scission rate. Analysis of the hydrogenolysis mechanism suggests that if a surface step is hampering the catalytic cycle, the initiation step (adsorption/activation of C-H bond) loses kinetic importance (resulting in a lower reaction order). Our low reaction orders for the Ir catalyst (nethane = 0.29 and nwater = −0.3) are consistant with high carbon coverage of the catalyst surface; in this catalyst, the reaction of adsorbed H with C2 species occur before the C−C bond breaking step, causing formation of ethylene gas. In the ethane hydrogenolysis reaction, the hydrogen adsorption capacity of the metal (M−H coordination), its adsorption strength, and the coverage relative to other species (C2, C1) are important factors in overall catalytic rate and coke formation. The initiation and termination reactions in hydrocarbon chain mechanisms on metals require a high affinity of the metals for H. Our previous 
Ethane Reforming Kinetic Measurements
Methane reforming kinetics have been extensively reported in the literature. Results indicate that methane decomposition and reforming rates are first order in methane; C-H activation is the rate limiting step and occurs on metal surfaces similar to conventional hydrocarbon chain reaction mechanism [32, 55] . Ethane activation over metal surfaces is more complex, involving a series of partially dehydrogenated intermediates that lead to C-C bond breaking [41, 56] . Strongly adsorbed H is considered to be competitive with hydrocarbon adsorption and limits its reactivity (in general, and over metal surfaces, the ethane hydrogenolysis rate is inhibited by excess H 2 ) [50, 57, 58] . One might think that interaction of highly dehydrogenated species in the absence of active hydrogen could lead to a higher coke formation; however, there is limited experimental evidence that shows that co-feeding hydrogen prevents coke formation better than water does [59] . Regarding the activation of the oxidant (e.g., steam), it is been largely reported that methane has zero order dependence on water (or CO 2 ). This indicates that after C-H activation, all the catalytic steps, including dehydrogenation of CH x species, CO/CO 2 formation, and WGS reaction, should have no kinetic relevance.
To study the influence that the concentrations of reactants have in catalytic rate, we varied ethane and water concentrations in the gas feed at 600 • C. Kinetic results for catalytic rate vs. partial pressure are shown in Figure 6 . Calculated reaction orders for both ethane and water and activation energies are shown in Table 3 . The reation order to ethane is less than one and zero or near zero to water. For methane steam reforming, the reaction is first order to methane, and the rate limiting steps have been found to be adsorption and activation of the C-H bond [36] . Thus, there is less dependance of hydrocarbon partial pressure on reaction rate for ethane steam reforming than for methane steam reforming. The results presented in Table 2 indicate that the Ir catalyst accumulated more carbon on the surface than Rh after the ethane reforming reaction at 600 • C; this presumably is due to a slower C-C scission rate. Analysis of the hydrogenolysis mechanism suggests that if a surface step is hampering the catalytic cycle, the initiation step (adsorption/activation of C-H bond) loses kinetic importance (resulting in a lower reaction order). Our low reaction orders for the Ir catalyst (n ethane = 0.29 and n water = −0.3) are consistant with high carbon coverage of the catalyst surface; in this catalyst, the reaction of adsorbed H with C 2 species occur before the C-C bond breaking step, causing formation of ethylene gas. In the ethane hydrogenolysis reaction, the hydrogen adsorption capacity of the metal (M-H coordination), its adsorption strength, and the coverage relative to other species (C 2 , C 1 ) are important factors in overall catalytic rate and coke formation. The initiation and termination reactions in hydrocarbon chain mechanisms on metals require a high affinity of the metals for H. Our previous analysis in this section indicate that the slowest step is related to the creation (and accumulation) of adsorbed carbon species (C 1 and C 2 ); these results might be related to a poor capacity to activate and retain H. The low reaction order found for ethane reforming (0.29), a higher ethylene formation level, and higher carbon accumulation (Table 2) support the conclusion that surface ethyl decomposition (part of ethane hydrogenolysis reaction) is superseding the global reaction order.
Ethane steam reforming studies at 600 • C on Rh performed by Graf et al [59] indicated that in the presence of H 2 , ethane reacts to form methane at a much higher rate than towards the formation of reforming products; additionally, their analysis of reaction products suggests that ethane reforming and hydrogenolysis proceed in a parallel fashion. Our analysis of reforming products differs in two important key aspects from the conclusions by Graf et al. First, by changing the contact time, we found that a higher ethane conversion is accompanied by a higher selectivity towards methane and a lower formation of ethylene (Figure 5c, Figure S5 ). This indicates that hydrogenolysis reaction proceeds reforming reactions; in other words, reforming steps are sequential to ethane hydrogenolysis. Second, the amount of H available and its adsorption strength to hydrogenolysis reaction becomes critical, more than what it is the presence of oxidant species [41, 58] . In this scenario, surface active hydrogen is necessary to hydrogenate C 1 species on catalyst surface that will cause excessive carbon buildup if they don't undergo reforming reactions. Several key factors for improved catalysis are (1) an optimal amount of steam, (2) a fast C-C bond scission rate, and (3) a high H retention capacity by the catalyst.
These key factors will avoid the accumulation of highly dehydrogenated carbon species (especially C and CH [80 kcal/mol]) that promote coke formation.
Catalyst Stability
Catalyst longevity is one of the cornerstones in the study of reforming catalysts. Sintering of metal particles, loss of support surface area, and extensive coke formation can cause catalyst fouling at the harsh conditions necessary to perform reforming reactions. Spinel supported metals (especially Ir and Rh) have been shown to maintain physical stability under these harsh reaction conditions with minimal coke formation [20, 21] . In this section, we analyze the effect that the use of a simulant natural gas has in catalyst performance, focusing on longer term stability. In the prior sections we demonstrated that C 2+ steam reforming activity is limited over Ir-based catalysts, presumably due to a reduced capacity of breaking ethane's C-C bond becoming rate limiting at low reaction temperatures. In the following section, we present results for the Rh catalyst (chosen as benchmark) and evaluate the influence that reaction conditions have on catalyst performance. The aim is to find reaction conditions that allow stable catalytic operation even with fast throughputs and relatively low S/C ratios.
For the reforming experiments shown in Figure 3 , methane was fed at a rate of 5.3 mmol/min and the reaction was carried out on similar metal surfaces (23.5 and 25.2 µmol of Rh and Ir respectively). The catalytic rate was reported for each temperature after 1 h where steady state was reached. Using these reaction conditions, especially with short reaction times (1 h time on stream [TOS]), no deactivation was seen; however, if the reaction was allowed to proceed for longer times, deactivation was evident. The results shown in Figure S6 (for the reaction at 850 • C) show how conversion starts to decline slightly after 8 h of reaction. Under ethane reforming conditions, a more pronounced deactivation was found after a few hours on stream for the reaction at 600 • C (see Table 1 ). It is clearly evident that the presence of C 2+ hydrocarbons, and especially at a high carbon throughput, has a negative effect on catalyst life, which largely depends on the reaction temperature and feed rate.
Catalyst durability experiments for methane steam reforming over the Rh catalyst are presented in Figure 7a . After over 100 h at both 850 and 900 • C (τ = 2.3 ms, S/C = 2), no deactivation was observed. Figure 7b depicts results when using a simulated natural gas feed mixture containing methane, ethane, propane, and butane. For simplicity, only methane conversion results are shown in Figures 7b and 8 . After 100 h, catalysts showed continued deactivation and retention of only part of the initial activity (91%, 78%, and 53% activity retained for the Ir, Rh, and Ni catalysts, respectively). These results illustrate how the presence of C 2+ hydrocarbons are detrimental to catalyst durability. However, we note that these results were obtained at a very low molar S/C ratio of 1.5. We attribute catalyst deactivation to increased carbon fouling (coke buildup) of the higher hydrocarbons on the catalyst surface. As shown in Figure 7c when the molar S/C feed ratio was increased to 2.0 the catalyst was quite stable at 850 and even 900 • C for 120 h duration. Although we note that prolonged duration testing at 900 • C revealed some deactivation, at 850 • C the reaction was quite stable. catalyst surface. As shown in Figure 7c when the molar S/C feed ratio was increased to 2.0 the catalyst was quite stable at 850 and even 900 °C for 120 h duration. Although we note that prolonged duration testing at 900 °C revealed some deactivation, at 850 °C the reaction was quite stable. There are two common strategies for avoiding/suppressing coking on reforming catalysts: 1) increase the amount of steam fed and 2) conduct the reaction at lower temperatures. On one hand, increasing the amount of steam increases the formation of oxidation products (CO, and CO2), while hydrocarbon adsorption/activation rates remain unaffected. On the other hand, the main effect of a running with an S/C molar feed ratio of 3 catalytic activity was largely maintained after 100 h of testing (some initial deactivation appeared to have occurred). By comparison, only 78% of catalytic activity was maintained with a lower S/C molar feed ratio of 1.5. Thus, increasing the S/C ratio improves catalyst durability. Figure 8b shows that a reduced operation temperature has a beneficial effect on catalyst life. Even after a 500 h test duration, the Rh catalyst retained its activity when operated at 750 °C. There are two common strategies for avoiding/suppressing coking on reforming catalysts: (1) increase the amount of steam fed and (2) conduct the reaction at lower temperatures. On one hand, increasing the amount of steam increases the formation of oxidation products (CO, and CO 2 ), while hydrocarbon adsorption/activation rates remain unaffected. On the other hand, the main effect of a lower reaction temperature is a decrease in the rates of hydrocarbon activation; as a result, reforming reaction rates supersede the coke rate formation, finally leading to a more stable long-term operation. Results for these two situations are presented in Figure 8 for the Rh catalyst. At 850 • C, the S/C molar feed ratio was varied. Increasing the S/C ratio enhanced catalyst durability. Figure 8a shows how running with an S/C molar feed ratio of 3 catalytic activity was largely maintained after 100 h of testing (some initial deactivation appeared to have occurred). By comparison, only 78% of catalytic activity was maintained with a lower S/C molar feed ratio of 1.5. Thus, increasing the S/C ratio improves catalyst durability. Figure 8b shows that a reduced operation temperature has a beneficial effect on catalyst life. Even after a 500 h test duration, the Rh catalyst retained its activity when operated at 750 • C.
Experimental Methods

Catalyst Preparation
As reported elsewhere [20] , a series of catalysts were prepared by incipient wetness impregnation of MgAl 2 
Catalyst Characterization
Scanning transmission electron microscopy (STEM) measurements over reduced samples (850 • C, 16 h, 10% H 2 /N 2 ) were conducted with a FEI Titan 80-300 microscope (Hillsboro, OR, USA) operated at 300 kV. The FEI Titan is equipped with a CEOS GmbH double-hexapole aberration corrector (Heidelberg, Germany) for the probe-forming lens, which allows imaging at ∼0.1 nm resolution in STEM mode. The STEM images were acquired on high angle annular dark field with an inner collection angle of 52 mrad. In general, sample preparation involved mounting powder pre-reduced samples on copper grids covered with lacey carbon support films and then loading them immediately into the instrument airlock to minimize an exposure to atmospheric O 2 .
Nitrogen adsorption was measured at 77 K with an automatic adsorptiometer (Micromeritics ASAP 2000, Norcross, GA, USA). The samples were pre-treated at 383 K for 12 h under vacuum.
The surface areas were determined from adsorption values for five relative pressures (P/P 0 ) ranging from 0.05 to 0.2 using the Brunauer-Emmett-Teller method.
Temperature programmed reduction (TPR) and H 2 chemisorption experiments were performed using an AutoChem II 2920 automated chemisorption analyzer (Micromeritics, Norcross, GA, USA). Metal reducibility was determined by TPR using changes in a thermal conductivity signal of the effluent gas. Samples (100 mg) were heated to 800 • C at 5 • C/min in a gas stream of 5% H 2 in Ar (50 sccm). Volumetric pulse H 2 adsorption measurements were carried out at 600 • C and 800 • C. First, 50 mg of the sample was reduced at 850 • C for 16 h using H 2 (10% in N 2 , 100 mL/min) and purged for 4 h in pure N 2 . After ramping to the adsorption temperature, 5% H 2 /Ar was pulsed using a 100 µL loop with 1 min intervals between injections.
The amount of solid carbon deposited on the spent catalysts was measured by a Shimadzu Total Carbon Analyzer (TOC-5000A with a SSM-5000A Solid Sample Module, Shimadzu, Kyoto, Japan). A 1% O 2 /Ar mixture was blown through the sample starting from 40 • C until the temperature reached 900 • C. The temperature ramping rate was 10 • C/min.
Activity Measurements
Catalytic activity tests were conducted in an 8 mm inner diameter Inconel fixed-bed reactor. For each test, the catalyst (9 mg, 60-100 mesh), diluted with α-Al 2 O 3 (90 mg, 60-100 mesh), was loaded between two layers of quartz wool inside the reactor. Temperature was monitored with a thermocouple placed in the middle of the catalyst bed. Before reaction, the catalyst was reduced at 850 • C for 16 h using H 2 (10% in N 2 , 100 mL/min).
Methane, ethane and natural gas simulant (94.5% methane, 4% ethane, 1% propane, 0.5% butane) gases were supplied by Matheson (Longview, WA, USA). Deionized water (18.6 mΩ) was introduced using a high-performance liquid chromatography pump (ChromTech series 1500, Bad Camberg, Germany) through 1 / 16 inch stainless steel tubing into a vaporizer where the temperature was set at 250 • C. The catalysts were tested at atmospheric pressure at temperatures ranging from 550-900 • C, over a range of gas-hour-space-velocities (22,000-356,000 h −1 ). Note that we commonly refer to throughput in terms of contact time (τ) which ranges from 10-170 ms. Flow rates of dry gas products in the effluent gases were monitored by a digital flow meter (DryCal) (Mesa Labs, Butler, NJ, USA). Gas products were analyzed online using a two-channel Agilent Micro GC (3000A series) (Santa Clara, CA, USA) equipped with thermal conductivity detector.
In a typical experiment, a mass of 9 mg of catalyst was loaded to the reactor, 220 sccm of gas was fed down flow to the catalytic bed (80 sccm of 
Conclusions
This study compares MgAl 2 O 4 -supported Rh and Ir catalysts for the reforming reaction of methane, ethane, and natural gas simulant (a C 1 -C 4 mixture) under industrially relevant conditions. In reforming of a natural gas simulant mixture, the Ir catalyst showed a lower capacity for converting C 2+ hydrocarbons compared to Rh in the lower 600-700 • C range of reforming temperatures. At higher temperatures (700-900 • C), there is no real distinction in the activity for the two metals. In a more detailed study of the reaction at 600 • C, the Ir-based catalyst showed a limited capacity for ethane reforming compared to methane. Additionally, the formation of ethylene as a byproduct was accompanied by a higher amount of carbon deposited on the catalyst when ethane is used as a reactant. On the contrary, the reforming rate of ethane was faster over the Rh catalyst. Less carbon was deposited and a negligible amount of ethylene was formed. A lower reaction rate of ethane over Ir is likely related to a lower C-C scission rate. Literature reports for ethane hydrogenolysis explain how this decreased rate depends on the nature of the metal. The kinetic study found there to be a lower reaction order for ethane reforming over Ir compared to Rh and Ni (0.29, 0.79, 0.76, respectively), which is consistent with a higher coverage of the catalysts by carbon deposits. Calculated activation energies also were found to be higher for Ir compared to Rh and Ni (95, 26, 79 kJ/mol, respectively) in the lower temperature reforming range.
Adsorbed hydrogen assists hydrocarbon reactions on metal supported catalysts by hydrogenating C 1 species to form methane. In an attempt to extend the analysis that H adsorption has on Ir and Rh reforming catalysts, we performed H 2 adsorption measurements on Ir, Rh, and Ni at reforming reaction temperatures (600 • C). Results indicate that hydrogen saturates the Rh surface in a ratio 1:1 with respect to metal atoms on the surface. Coverages over Ir and Ni were found lower (0.7:1 for Ir, and 0.2:1 for Ni). A summary of main findings is presented in Table 4 . Given the low capacity of Ir to reform ethane and higher hydrocarbons, Rh was chosen for additional catalyst durability studies. Long-term stability tests revealed the Rh catalyst to be very stable under SMR conditions, and under relatively harsh conditions (up to 900 • C and with S/C molar feed ratios up to 1.5). However, when a more complex mixture of hydrocarbons was added to the methane feed, catalyst stability was adversely affected. Here, the S/C molar feed ratio and operating temperature can be adjusted to extend catalyst life. Stable catalyst operation was observed for the Rh catalyst when using a natural gas simulant and operating under a relatively low S/C ratio of 2.0 and at 850 • C. Thus, we note that improvements in catalyst life can be achieved through both proper choice of the catalyst material and operational conditions. In addition, temperature and S/C molar feed ratio are critical processing variables to consider when optimizing catalyst performance. The results of this study conclude that a Rh-supported catalyst was developed that enables very high activities and excellent catalytic stability for both the steam reforming of methane and other higher hydrocarbons contained in natural gas, and under conditions of operation that are amendable to solar thermochemical operations.
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The following are available online at http://www.mdpi.com/2073-4344/9/10/801/s1, Figure S1 Figure S2 . Hydrogen uptake at 600 and 800 • C. Evolution of hydrogen uptake is calculated as H coverage (per mole of metal surface) vs H 2 pulsed. Volumetric pulse hydrogen adsorption measurements were carried out at 600 • C and 800 • C. First, 50 mg of the sample was reduced at 850 • C for 16 h using H 2 (flow 10% in N 2 , 100 mL/min) and purged for 4 in pure N 2 . After ramping at the adsorption temperature, 5% Hydrogen/Ar is pulsed using a 100 µL loop with 1 minute intervals between injections. Figure S3 . Conversion of the individual components of a simulant natural gas mixture. Butane conversion was complete. Reaction conditions: S/C:1.5, t = 4.5 ms, 1h TOS, Simulant gas feed (94.5% v methane, 4% ethane, 1% propane, 0.5% butane) was supplied by Matheson. Figure S4 . Ethane reforming conversion vs time on stream at 600 • C. Reaction conditions: S/C = 2.75, 9 mg of catalyst. τ = 28.3 ms, 35 sccm ethane, 80 sccm N 2 , 9 mg of catalyst. Table S1 . Deactivation check experiments for the Ir catalyst under ethane reforming experiments shown in Figure S4 . Fresh catalyst was tested for methane activity before ("initial") and after reaction with ethane to check for deactivation ("final"). Figure 
